 A new carbonator model is proposed taking into account realistic CaL conditions.  Carbonation in the diffusion stage is considered to predict the capture efficiency.  High capture efficiency may be achieved by operating with high particles residence time.
Introduction
Taking into account the current energy system and its expected evolution, capture and permanent geological storage of CO 2 from fossil fuel power plants is considered as a necessary technology to be developed at commercial scale in the short term for mitigation of global warming. The IPCC [1] has evaluated existing and emerging technologies of CO 2 capture and storage (CCS) and concludes that, in most scenarios, CCS should contribute by a 15-55% of the cumulative global mitigation effort until 2100. Among the CO 2 capture technologies potentially foreseeable for commercial development, the Ca-Looping (CaL) process is highlighted as one with good prospects for post-combustion capture, mainly due to the possibility of being implemented in already existing power plants and the minor penalty on plant performance as compared to other capture technologies such as conventional amine-based capture systems [2] [3] [4] . A further advantage of the CaL technology is the low price, wide availability and harmlessness towards the environment of the sorbent precursor raw material, namely natural limestone [3, 5, 6] .
The CaL technology for CO 2 post-combustion capture is based on the reversible chemical reaction of carbonation-calcination of CaO. The basic cycle involves CO 2 capture from the flue gas stream of a power plant using lime (CaO) derived from calcination of natural limestone:
Flue gases from coal-fired power plants generally contain a mole fraction of CO 2 in the range of 10-15% [7] , [8] , whereas typical residence times in the carbonator reactor are on the order of minutes. Taking into account these constraints, optimum carbonation temperatures are around 650°C for a quick reaction kinetics and low value of the equilibrium CO 2 concentration in order to achieve significant efficiencies of CO 2 capture (around 80-90%) [9] .To provide the largest possible gas-solid contacting efficiency, circulating fluidized-bed reactors (CBF) will be used in practice. CFBs are typically operated at atmospheric pressure under the fast fluidization regime, with gas velocities of the order of 5-10 m/s to achieve high efficiency in heat and mass transfer [10] , [11] . The partially carbonated particles are driven into a second fluidized bed reactor (calciner), where CaO is regenerated by calcination under high temperatures and high CO 2 concentration [12] [13] [14] [15] .
Once CO 2 is captured in the carbonator and heat from the exothermic reaction is recovered, decarbonized flue gas is vented into the atmosphere. The partially carbonated particles after a residence time in the carbonator of a few minutes are sent to the calciner. The regenerated sorbent produced in the calciner is returned to the carbonator for a new cycle. Coal is burned into the calciner reactor using pure O 2 (oxy-combustion) to increase the temperature up to the value required for the endothermic calcination reaction to occur fast and avoid CO 2 dilution at the same time. Thus, CO 2 is retrieved from the calciner for compression, transport and geological storage or other uses.
In order to predict the efficiency of CO 2 capture by means of the CaL technology on existing power plants, a number of models are being proposed in the literature [16] [17] [18] [19] . The multicyclic calcination/carbonation behavior of CaO used in these models has been inferred from thermogravimetric analysis (TGA) results in which calcination is usually carried out under low CO 2 partial pressure mostly due to technical difficulties. Under these conditions, most of the carbonation reaction in short residence times occurs on the surface of the solids through a kinetically controlled fast phase whereas the subsequent solid-state diffusion controlled phase is comparatively negligible as will be seen in detail below. The present manuscript proposes a simple model for the carbonation reactor that does consider the relevant effect of realistic calcination conditions, involving calcination under high CO 2 pressure, on the multicyclic sorbent behavior. The manuscript is started with a brief review on the effect of calcination under high CO 2 partial pressure on the multicyclic CO 2 capture behavior. We follow up with the development of a CO 2 capture model based on these results. Finally, capture efficiency results are compared with predictions by models reported in the literature and pilot-scale results.
2.
A brief review on the role of calcination conditions on the multicyclic CO 2 capture behavior of limestone
Results of TGA tests show that the multicyclic capture capacity of limestone is strongly influenced by the conditions under which calcination is performed [20] [21] [22] . The most feasible method to generate the heat required in the calciner is the burning of coal / fuel by oxy-combustion [5, [12] [13] [14] [15] . Thus, calcination is carried out in an environment containing between 70% and 90% vol. concentration of CO 2 at atmospheric pressure [12, 21, [23] [24] [25] . Under these operating conditions, calcination temperatures above 930ºC are necessary to regenerate the sorbent in short residence times [26] [27] [28] . Calcination kinetics is extremely slow under high CO 2 partial pressures nearby equilibrium (T ≈ 870-900ºC) [20] . This makes necessary to increase the temperature over 930ºC to increase the CO 2 partial equilibrium pressure well above the CO 2 partial pressure in the calciner and yield sufficiently fast reaction kinetics [29] .
Sorbent deactivation
The combination of high temperature and high concentration of CO 2 during calcination enhances the progressive deactivation of the sorbent as the number of cycles builds up due to enhanced sintering [30] [31] [32] [33] . Enhanced sintering of CaO has a strongly negative effect on the active surface of the solids available for the gas-solid reaction in the kinetically driven fast phase. Grasa et al. [34] proposed to fit the observed evolution of CaO conversion (mass of CaO/mass of CaO initial) with the number of cycles by means of the equation (2): where =0,52 and =0,075 are the deactivation constant and the residual conversion, respectively. This equation is however based on results from multicyclic calcination/carbonation TGA tests in which the sorbent is regenerated by calcination under low CO 2 partial pressure. Thus, conversion after 1 st calcination (X 1 ) is rather high (around 0.7).
This high value of conversion is due to the relatively high porosity of the CaO particles derived by short-time calcination under low CO 2 partial pressure. Despite that Equation (2) cannot reflect the effect of calcination under high CO 2 pressure as would be the case in the CaL technology, it has been routinely used in modelling studies as representative of the sorbent behavior in order to model the carbonator reactor [8, [16] [17] [18] [19] .
In more recent TGA studies [35, 36] Equation (3) appears very similar to that proposed by Grasa et al. (2), but with the main difference that it takes into account the smaller value of conversion in the first cycle after calcination under high CO 2 partial pressure. Note also that the deactivation constant is higher as compared to results derived from tests carried out calcining under low CO 2 partial pressure.
In the real process, a makeup flow of fresh limestone must be continuously fed into the calciner in order to compensate for sorbent deactivation. In the stationary state, limestone is therefore precalcined under high CO 2 partial pressure at the same conditions that the partially carbonated solids are calcined. Thus, the use of equation (3) for modelling the carbonator reactor might help simulating more realistic CaL conditions.
Fast and slow carbonation stages
Two well differentiated stages can be observed during carbonation [31, [37] [38] [39] . The first stage takes place on the free surface of CaO through the nucleation and growth of CaCO 3 and is characterized by a high reaction rate. This first phase is governed by the kinetics of the reaction between CaO and CO 2 . The end of the fast stage takes place when a 40-60 nm thickness product layer is formed, which makes inaccessible a large fraction of CaO in the interior of the particles for fast carbonation [40] . Once the CaO free surface directly available for fast carbonation has been covered the reaction continues in a second stage which is controlled by the solid-state diffusion of CO 3 2-and O 2-ions through the product layer, which is a much slower process [41, 42] .
TGA results show that the solid-state diffusion controlled carbonation is greatly enhanced when CaO is regenerated under high CO 2 partial pressure as compared to calcination under low CO 2 concentration [24, 27, 43] . Figure 1 shows the time evolution of sorbent weight during the first calcination/carbonation cycles of two TGA tests in which calcination was carried out either under high CO 2 partial pressure or air. The results show that carbonation in the fast phase is extraordinarily hindered when the sorbent is regenerated under high CO 2 concentration. Even though the reaction rate is similar for the two test, the maximum carbonation conversion in the fast phase is significantly hindered for the sorbent regenerated under high CO 2 partial pressure essentially due to severe sintering and drastic reduction of the surface area [20] . On the other hand, carbonation in the diffusion controlled phase is substantially enhanced when calcination is carried out under high CO 2 concentration especially in the first cycles. Reproduced from data reported in [36] .
A close examination of TGA test results reported in the literature for CaO derived from other precursors such as steel slag ( Figure 3a ) and results obtained from pilot scale tests ( Figure 3b ) reveals also that the relatively slower solid-state diffusion controlled phase contributes substantially to carbonation for residence times of a few minutes. Figure 4 shows the multicyclic evolution of CaO conversion in the kinetically controlled (X NK ) and diffusion controlled (X ND ) carbonation stages derived from TGA tests reported in [36] in which calcination was carried out under high CO 2 partial pressure. Both X NK and X ND can be pretty well fitted by equation (3) using the parameters given in table 1. Figure 4 : CaO conversion in the kinetically controlled carbonation stage (X NK ) and in the diffusion controlled stage (X ND ) as a function of the cycle number. Pre-calcination and calcinations conditions: CO 2 vol% =70%, t=5 min, T=950ºC. Carbonation conditions: CO 2 vol% =15%, t=5 min, T=650ºC. The inset shows the time evolution of sorbent wt% in the first 3 cycles. Obtained from data originally reported in [43] .
As can be seen in Figure 4 , the contribution of the diffusion controlled phase to CaO conversion is quite relevant being of the same order than CaO conversion in the kinetically controlled phase for 5 min overall carbonation periods. Moreover, an increase of the carbonation phase above 5 min would lead to higher conversion in the diffusive phase since carbonation in this stage grows roughly linearly with time until carbonation is completed [43] . Thus, it seems clear that a carbonator model should not neglect carbonation in the diffusion stage in order to predict realistic values of efficiency and to draw useful conclusions on the optimum operating parameters in a commercial plant. This is the main goal of the present manuscript.
3. Carbonator model approach
Kinetic model
As mentioned in the introduction, in order to predict the CO 2 capture efficiency of the CaL technology, many authors [16] [17] [18] [19] propose to simplify the CaO conversion behavior by assuming that it reaches maximum conversion, X N , at a constant rate (proportional to the free surface available of CaO and the thickness of the CaCO 3 layer formed) in a time t lim , after which the reaction rate drops to zero (solid lines in Fig. 5a ). This simplifying assumption would be reasonable if calcination was performed under low CO 2 partial pressure. However, as pointed out above, the diffusive carbonation phase plays a relevant role for calcination under high CO 2 partial pressure. Using the multicyclic TGA results reported in [35, 36, 43] , we develop below a modified carbonator model built upon the model proposed by Alonso et al. [18] . The main novelty of the novel model is that carbonation in the diffusion controlled phase will be considered to predict the carbonation efficiency.
(a) Figure 5 (a) shows experimental results from TGA tests in which calcinations were carried out under low CO 2 partial pressure. The solid lines are the kinetic curves assumed in the carbonator model described in [18] . As can be seen, the diffusion controlled stage is negligible in the first cycles but as the number of cycles is increased the diffusive conversion becomes more important (see results for cycle N = 20 in Figure 5 (a)). As seen in Figure 5 (a) the time for the kinetic stage (t k ) decreases with the number of cycles as conversion in the diffusive phase is enhanced, which is however dismissed in the theoretical model (solid lines). Figure 5 (b) illustrates the kinetic curves proposed in our work as representative of the experimental curves reported in [43] in which calcinations were carried out under high CO 2 partial pressure. It is assumed that the time evolution of CaO conversion can be approximated by two lines of constant slope, one corresponding to the kinetic carbonation stage and another for the diffusive phase. In this way, the new kinetic model has into account the relevant role of the diffusion controlled phase. According to experimental measurements, conversion would be increased linearly with time in the diffusion controlled stage against the widely accepted conception that once the fast kinetically controlled phase is completed, additional carbonation by solid-state diffusion is negligible. Thus, it may be anticipated that an important parameter influencing the carbonation efficiency would be the residence time of the solids in the carbonator.
According to the kinetic model proposed in this work (solid lines in Fig 5(b) ), the reaction rate can be expressed as a function of residence time in the carbonator by the following expression:
where is the reaction rate in the i-phase (either kinetic or diffusion), is the time of the kinetic phase, is residence time of the particles in the carbonator, X ND /(T 0 -t K ) is the rate of diffusive conversion that will be derived from experimental results.
Using experimental data reported in [43] , the reaction rates in the kinetic phase ( ) and diffusive phase ( ) can be adjusted as a function of the number of cycles N using Eq. (3) as shown in Figure 6 . According to Bhatia et al. [39] , the rate of CaO conversion in the kinetically controlled fast phase at atmospheric pressure, can be expressed by a first-order kinetic law:
where and are the actual and equilibrium CO 2 concentrations, respectively, and is the kinetic constant. is the CaO specific area available for reaction after N cycles, which is proportional to the particle conversion degree. As can be seen in Figure 6 , the reaction rate in the kinetic phase ( ) decays with the number of cycles due to the effect of sintering (decreasing the available surface ).
By integrating Eq. (5) and fitting it to the experimental data reported in [43] , we obtain a value of the kinetic constant = 6,7 x 10 -10 m 4 /(mol·s), which is similar to the value reported by other authors [39, 47] also for natural limestone but under different operating conditions as regards calcination. This suggests that the kinetics of carbonation in the fast phase is essentially determined by the CaO surface area and does not depend on the calcination conditions. The essential effect of calcination under CO 2 would be thus to enhance sintering, which greatly reduces the available surface area for carbonation and therefore the duration of the kinetic phase.
The rate of conversion in the diffusion controlled phase can be expressed using an effective diffusion constant [41] :
where is the ratio of the molar volume of CaCO 3 and CaO. Equation 6 can be adjusted to the experimental data ( Fig. 6 ) to obtain a value for the diffusion constant. As seen from the experimental results (Fig 6) the rate of carbonation in the diffusive stage remains approximately constant with the number of cycles. In [43] , some of the TGA tests presented were made by prolonging the carbonation stage up to 30 minutes showing that the rate of carbonation in the diffusion controlled phase did not change appreciably over this time interval. Thus, we may neglect as a first approximation the dependence of the diffusive reaction rate on conversion and use the simplified expression:
where is an effective diffusion constant. By using min -1 ( Fig. 7) a value of = 6,5 x 10 -5 m 3 /(mol ·s) is obtained. The average conversion of the CaO particles present in the reactor ( ) is given by the sum of conversion in the kinetic fast phase ( ) plus conversion in the diffusive phase ( ):
Capture model
For a given continuous supply of fresh limestone into the calciner and a given solids purge, the fraction of particles subjected to a given number of cycles N is given by [31] :
The average maximum conversion ( ) can be calculated as the weighted sum of conversions after cycles:
The average reaction rate depends on the phase the particles are reacting as:
where is the average residence time of the particles in the carbonator:
The average conversion of the particles leaving the carbonator can be obtained from the sum of the average particle conversion reacting in the fast carbonation phase ( ) and the average particle conversion reacting in the diffusive phase ( ):
where and is the fraction of particles reacting in the kinetic phase, which is given by [18] The average area surface for a particle reaction in the kinetic phase can be expressed by [47] :
Since conversion is typically low except for the first cycles, Eq. (5) can be simplified by dismissing the dependence on conversion as done in [18] . Thus, it is possible to express the average reaction rate in each carbonation phase as:
The capture efficiency in the carbonator can be calculated as [18] :
where the capture efficiency in the fast phase ( ) and the diffusive phase ( ) have been considered as separate contributions in order to evaluate their relative weight.
Assuming that the gas passes in plug flow through a bed of perfectly mixed solids, the carbon mass balance in the gas phase in a differential element of the carbonator reactor can be written as:
Integrating Eq. (24) along the carbonation reactor, it results where, and and are the equilibrium and inlet molar fraction of CO 2 , respectively.
Model results
A series of parametric calculations have been carried out to determine the CO 2 capture efficiency of the carbonator under different operating conditions. The calculations are made for a typical coal combustion power plant using a value of 0.15 for the volumetric fraction of CO 2 in the flue gas entering the carbonator and a flow rate 0.1kg CO 2 /s [18] .
In the first run we will use as key input parameters the solid inventory in the carbonator reactor ( ), the flow rate of fresh limestone makeup ( ) fed into the calciner and the flow rate of solids entering the carbonator coming from the calciner ( ). For the rest of parameters, the same representative values as in previous works [18] will be used ( Table 2) . Figures (9-10) show the calculated capture efficiency as function of the total solid inventory in the reactor (normalized per MW) for different values of and . FR/FCO2=5 Calculated from model proposed in [18] FR/FCO2=5 Extracted from data shown in [18] FR/FCO2=5 Proposed model in this work FR/FCO2=20 Calculated from model proposed in [18] FR/FCO2=20 Extracted from data shown in [18] FR/FCO2=20 Proposed model in this work Figure 10 : Carbonation efficiency as a function of the solids inventory in the carbonator at different F R /F CO2 ratios according to the model proposed in [18] and the new model proposed in this work. As seen in Figs. (9-10) , the model proposed in this paper yield results which are less sensitive than those obtained from reference model [18] to changes in the solids recirculation flow rate ( ) and the flow rate of fresh limestone introduced in the cycle ( ). On the other hand, for fixed values of , increasing the solids inventory in the carbonator yields a significant increase of the capture efficiency as a result of having considered the enhanced conversion in the diffusive phase. According to the reference model [18] , increasing the solids inventory over a certain value does not yield an increase of the carbonation efficiency despite it has not reached maximum capture efficiency (≈ 0,92) according to the inlet and equilibrium CO 2 concentration for the carbonation reaction at 650ºC. This would be the maximum capture efficiency attainable if the solids had fully reacted, which cannot be reached if carbonation in the diffusion controlled phase is fully neglected as it is done in [18] . In the reference model [18] the active fraction of solids drops significantly after a short time once the kinetic controlled phase is ended. In contrast, the solids are considered to remain active for a long time in the proposed model as long as the subsequent carbonation in the diffusion controlled phase is taking place.
Figures (9) (10) demonstrate that the new model provides a greater capture efficiency for longer residence times of the particles in the carbonator. For example, Fig. (10) shows that for a ratio F R /FC O2 =5, and a solids inventory of about 200 kg/MW, the proposed model predicts a higher capture efficiency than the reference model [18] . Figure 11 shows the capture efficiency calculated as a function of the residence time in the carbonator using F R /F CO2 =5 and F 0 /F CO2 =0.01 and changing the value of solids inventory -which changes the residence time, Eq. (13). The figure shows also the ratio of the carbonation efficiency in the kinetic controlled phase to that in the diffusion controlled phase (right axis). Figure 11 shows that, according to the reference model [18] , the capture efficiency is not improved further after a residence time of about 300s since the fraction of active particles (considered as only those able to react in the fast phase) diminishes with time quickly. On the other hand, the capture efficiency is further improved by taking into account enhanced conversion in the diffusive phase as shown by the results obtained from the model proposed.
As can be seen in Fig 11 the capture efficiency in the diffusive phase (E CO2,D ) represents most of the contribution to the total carbonation efficiency just after tens of seconds. Consequently, the capture efficiency continues to increase with the residence time and may reach a rather high value at residence times above 500 s. Figure 12 shows the effect on the capture efficiency of increasing the residence time (horizontal bottom axis) by decreasing the flow rate of recirculated solids between the reactors (FR, horizontal top axis) while maintaining fixed a value for the the solids inventory. As may be observed, by taking into account conversion in the diffusive phase, the capture efficiency is notably increased by increasing the value of the average residence time of the particles (τ) while the solids recirculation flow rate is decreased (with a constant value of solids inventory in the carbonator). An additional benefit of reducing the recirculation flow rate can be that the solids activity would be extended for longer times since the frequency of calcinations is reduced, which would serve to minimize the makeup flow of fresh limestone needed. In Figure 13 , the results shown correspond to simulations in which the solids recirculation flow rate FR are kept fixed while the flow rate of limestone makeup into the calciner (F 0 ) is varied. Interestingly, it is seen that high capture efficiency may be achieved by operating with low values of F 0 when Ws is increased as a consequence of having extended the lifetime of the particles that remain active in the carbonator by virtue of diffusive carbonation. We must note, however, that neither sulphation nor ashes, which will reduce the activity of the sorbent, have been considered in the model. An additional makeup flow of fresh limestone will have to be employed in practice due to irreversible sulphation and deactivation by ashes as reported in many studies [16, 23, [48] [49] [50] [51] .
Let us now compare predictions by the proposed model with experimental results obtained from pilot-scale tests. Capture efficiency obtained in pilot-scale tests is usually reported as a function of an "active space time" [14, 15] , [45] , which is expressed as the product of the residence time times the fraction of active particles reacting in the fast stage and the average conversion in this stage . Taking into account also carbonation in the diffusive phase, would be defined in our model as [45] Table 3 shows the operating conditions used in the simulations whose results are illustrated in Figure 14 . This figure shows experimental values of the carbonation efficiency obtained from the pilot-scale INCAR plant and reported in [15, 45, 52] . The operating conditions used in the simulations have been chosen as representatives of those reported at INCAR pilot-scale tests [15, 45] . Ws=200 kg/MW calculated using [18] Ws=200 kg/MW Extracted from data [18] Ws=200 kg/MW proposed model Ws=400 kg/MW calculated using [18] Ws=400 kg/MW proposed model Table 3 ) are compared with results obtained from previous models [16] [18] and with experimental data reported from pilot-scale INCAR tests.
As can be seen in Figure 14 the model developed in the present works provides results that conform better to experimental results as compared to the results obtained from the previously proposed model by Alonso et al. [18] , which predict much higher capture efficiencies than the obtained ones. Results extracted from a model proposed by Romano [16] , which takes into account the effect of ash, irreversible sulphation, and fluidized bed dynamics have been also plotted in Fig. 14 . Romano also neglects carbonation in the diffusion phase and uses CaO multicyclic conversion data derived from tests in which calcination was carried out under low CO 2 partial pressure [34] . Although Romano's model results fit into the experimental results scatter, it may be seen that the carbonation efficiency is predicted to increase with the active residence time at a higher rate than the experimentally observed trend (Fig 14) . Arguably, the key point in our model to reproduce the experimental trend is to include CaO conversion in the diffusion phase, which brings about a non-negligible contribution to the carbonation efficiency. As pointed out by Charitos et al. [42] the particle fraction that would be reacting in the diffusion regime can be much higher than the active fraction reacting in the fast regime. Moreover, as reviewed in the introduction of the present work, carbonation in the diffusion regime is greatly enhanced when calcination is carried out under high CO 2 concentration. The new model takes into account these relevant aspects in order to predict more realistic values for the capture efficiency. A subject for further work would be to incorporate into our model the effect of irreversible sulphation, ashes and fluidized bed dynamics.
Conclusions
Carbonator models formulated until now are based on lab-scale multicyclic CaO conversion results carried out by regenerating CaO under low CO 2 partial pressure. Under these unrealistic conditions, carbonation in the kinetically controlled fast phase prevails on diffusive carbonation. Thus, these models neglect further carbonation of the particles once the fast carbonation stage is ended. However, calcination under realistic CaO regeneration conditions, involving a high CO 2 partial pressure in the calcination environment, leads to a significant enhancement of CaO carbonation in the diffusion controlled phase as compared to the kinetically controlled fast phase, which is severely hindered. The new model proposed in this work is based on lab-scale multicyclic CaO conversion results in which calcination is carried out under high CO 2 partial pressure as expected in practice. Given the extraordinary relevance of carbonation in the diffusive phase observed under these realistic conditions, the model incorporates in the calculation of the capture efficiency this stage of carbonation. Thus, the particles are considered to remain active in the carbonator beyond the kinetically controlled carbonation phase, which is quite reduced. A main conclusion from the simulation results is that the capture efficiency is improved by increasing the residence time in the carbonator. Thus, for typical inventories of solids in the carbonator used in previous models, we see that the molar flow rate of CaO recirculated can be substantially decreased while a high capture efficiency is obtained. By increasing the residence time of the particles in the carbonator, deactivation due to sintering in the calciner would be mitigated. Furthermore, a smaller flow of recirculated solids would allow reducing energy penalties in the operation of power plants since the amount of heat required for calcination would be lowered and the energy necessary for material transport would be also reduced. In addition, a prolonged carbonation during extended residence times in the carbonator will allow extracting more heat from the reaction exothermicity. In a future work we plan to improve the proposed model by taking into account other aspects that will affect the carbonation efficiency at practice such as irreversible sulphation, deactivation by ashes and the effect of fluidization dynamics. 
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